(19) 



Europaisches Patentamt 
European Patent Office 
Office europeen des brevets 



(12) 



(45) Date of publication and mention 
of the grant of the patent: 
21.04.1999 Bulletin 1999/16 

(21) Application number; 94901971.5 

(22) Date of filing: 10.12,1993 



ill 

(H) EP 0 673 352 B1 

EUROPEAN PATENT SPECIFICATION 

(51) mtci 6; C07C 2/12, C07C 2/58 



(86) International application number: 
PCT/FI93/00535 

(87) International publication number: 

WO 94/1 3599 (23.06.1994 Gazette 1994/14) 



(54) PROCESS AND REACTOR SYSTEM FOR OLIGOMERIZATION OF OLEFINS 

VERFAHREN UND ANLAGE ZUR OLIGOMERISIERUNG VON OLEFINEN 

PROCEDE ET SYSTEM E REACTIONNEL POUR L'OUGOMERISATION DES OLEFINES 



00 

CM 
lO 
CO 

CD 
O 

a. 

LU 



(84) Designated Contracting States: 

AT BE CH DE DK FR GB IE IT LI NL PT SE 

(30) Priority; 10.12.1992 Fl 925608 

(43) Date of publication of application: 
27.09.1995 Bulletin 1995/39 

(73) Proprietor: Neste Oyj 
02150 Espoo (Fl) 



(72) inventor: KESKINEN, Kari, I. 
F1N-01380 Vantaa (Fl) 

(74) Representative; Bannerman, David Gardner et al 
Withers & Rogers, 
Goldings House, 
2 Hays Lane 
London SE1 2HW (GB) 



(56) References cited: 
EP-A- 0 397 273 
US-A- 4 950 834 



US-A- 4 935 577 



Note: Within nine months from the publication of the mention of the grant of the European patent, any person may give 
notice to the European Patent Office of opposition to the European patent granted. Notice of opposition shall be filed in 
a written reasoned statement. It shall not be deemed to have been filed until the opposition fee has been paid. (Art. 
99(1) European Patent Convention). 



Printed by Jouve. 75001 PARIS (FR) 



EP 0 673 352 B1 



Description 

[0001] The present invention concerns a process according to the preamble of claim 1 for oligomerization of olefins. 
[0002] According to the present process, a feedstock containing C 3 - C 20 olefins, or a mixture thereof, is fed to a 
distillation reactor system, where said olefins of the feedstock are contacted with a catalyst in order to produce an 
oligomer-containing product. 

[0003] The invention also concerns a reactor system according to the preamble of claim 25 for oligomerization of 
olefins. 

[0004] Oligomerization of olefins aims at converting light olefins into heavier olefins. This reaction is carried out in 
the presence of a catalyst, which comprises either an acid or a base. Conventionally, a heterogeneous catalyst is used. 
Thus, a mixture of light olefins in the liquid phase, gas phase or a mixture thereof, or in supercritical phase are usually 
contacted with a solid phase catalyst. Then, the olefins combine with each other forming dinners, trimers, tetramers 
and even heavier oligomers. The degree of oligomerization depends on the pressure and temperature employed. 
[0005] If the reaction temperature used is high (above 200 °C), depending on the catalyst type, cracking products 
are produced by side reactions, and disproportionation reactions will give rise to other products different from the 
oligomers contained in the olefin stream used as feedstock. Thus, the properties of the catalyst employed have an 
extremely strong influence on the composition of the products obtained. 

[0006] Heavier olefins from the oligomerization processes can be utilized as, for instance, gasoline and diesel fuel 
blending stock, solvents and lubricant stock, all of which can further be hydrogenated to improve their stability, or 
alternatively, as feedstocks for various chemical processes using heavy olefins. Also in the latter case, the mixture of 
the olefins must be separated by, e.g., distillation into proper fractions. Thus, the product being manufactured via 
oligomerization can be controlled by an appropriate choice of reaction conditions, catalyst used and the mixture of 
olefins employed as feedstock. 

[0007] In many of the above-listed applications, a benefit of the products manufactured by oligomerization is their 
freedom from sulfur (namely, sulfur compounds can be removed to a high accuracy from light hydrocarbons) and low 
content of aromatics, in many cases far below one percent. 

[0008] Processes intended for oligomerization of light olefins have been developed by e.g., Mobil (MOGD process), 
Shell (SPGK process), IFP (Dimersol, Selectopol and Polynaphtha processes), UOP (Hexall process); catalytic po- 
lymerization (using phosphoric acid as a liquid-phase catalyst or impregnated on a carrier); and further, by Bayer, Huls/ 
UOP (Octol process). 

[0009] Catalytic polymerization mentioned above, which uses a liquid catalyst, is complicated in that waste acid is 
produced. By contrast, most of the other processes listed by reference employ a solid phase catalyst, and they are run 
in a tubular reactor or a configuration of multiple tubular reactors. The reason for the use of multiple-reactor configu- 
rations lies in the exothermic nature of the oligomerization reaction. To control the temperature in a system of multiple 
reactors, intermediate cooling of the reaction mixture can be arranged between the reactors. Another frequently em- 
ployed arrangement is to recycle the product back to the reactor feed after passing a possible distillation unit or flash 
drum unit. The latter system produces heavier olefins and simultaneously achieves temperature control for the reactor, 
because the oligomerization of heavier olefins releases less heat per mass unit than the oligomerization of lighter 
olefins. A third alternative employed for solving the energy balance problems is the recycling of already processed, 
inert paraffinic components in order to control the temperature in the reactors. 

[0010] An example of embodiments based on intermediate cooling and reflux of inert paraffins is provided by the 
process disclosed in EP Patent Application No. 0,397,273. According to said publication, a hydrocarbon flow containing 
lightolefins is taken via heat exchangers and a boiler to two series-connected reactors in which the olefins are contacted 
with a zeolite catalyst. The hydrocarbon flow is subjected to intermediate cooling between the reactors and the product 
flow from the second reactor is subjected to additional cooling prior to further processing. During further processing, 
the butane-containing fraction is separated from the product in a distillation column. The oligomerized hydrocarbons 
are removed as the bottom product from the distillation column. The distillate from the distillation column is condensed 
and a portion thereof is recycled back to the column, while the remaining portion containing mostly C 3 and C 4 alkanes 
is recycled to the reactors. 

[0011] A specific problem of processes based on intermediate cooling is the inefficient recovery of reaction heat, 
which results in a greater number of equipment required. The feedstock and product flows in these processes must 
be alternatingly first heated and then cooled. Moreover, heat produced separately must be introduced to the fraction- 
ation step of the products. Neither is the recycling of inert paraffins an ideal solution in terms of process energy utili- 
zation. 

[0012] It is an object of the present invention to overcome the drawbacks of the above-described conventional tech- 
niques and to achieve an entirely novel process and reactor system for the oligomerization of olefins. 
[001 3] The invention is based on the basic concept of carrying out the oligomerization reaction and the fractionation 
of the inert paraffins from the product in a single system of apparatuses and utilizing the released reaction heat in said 
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fractionation step. In short, the present embodiment is based on catalytic distillation and modifications thereof. 
[0014] The term "catalytic distillation" (also known as "reactive distillation") conventionally refers to the combination 
of a chemical reaction with the fractionation of products. In distillation the reaction of feedstock reactants and the 
fractionation of the product components take place simultaneously A catalytic distillation apparatus typically comprises 
5 a distillation column including one or more catalyst zones. In a catalyst zone a product obtained from a certain level 
or tray of the distillation column is processed to form desired reaction product components, after which the product 
stream thus obtained is fractionated. Catalytic distillation is employed in, e.g., the manufacture of tertian/ ethers, where 
it offers significant benefits in terms of reaction kinetics. 

[0015] In the prior art, catalytic distillation has also been used in oligomerization processes. Thus, US Patent Spec- 
if ification No. 4,935,577 anticipates an oligomerization process in which alpha-olefins containing 3 to 1 2 carbon atoms 
are fed to a distillation column, where they are reacted with a catalyst which comprises a Lewis acid and a non-zeolitic 
inorganic oxide. The catalytic distillation unit is maintained at a maximum temperature of approx. 150 °C, preferably 
below approx. 50 °C. As the process uses a combination catalyst, the equipment must incorporate a specific unit for 
separating the Lewis acid, typically BF 3 , from the propane flow for recycling back to the distillation unit. 
15 [0016] US Patent Specification No. 2,486,533 describes a process for polymerization of otefinic hydrocarbon mon- 
omers in the presence of a solid phosphoric acid catalyst, water vapor being used to maintain the catalyst coposite at 
the desired degree of hydration. The process is implemented in an apparatus comprising a centrally located polymer- 
ization reactor, a monomer stripping section positioned above the reactor and a polymer stripping section situated 
below said reactor. According to an alternative embodiment, the reactor and the monomer and polymer stripping sec- 
20 tions can be combined to form a single continuous unit of apparatus maintained at a uniform pressure throughout. 

[0017] The present invention differs from the above-described prior-art techniques in several respects. The present 
invention utilizes a solid phase catalyst suited for oligomerization of olefins, i.e. a "solid oligomerization catalyst". Only 
such solid catalysts are employed which will function without any separate adjuvants, such as water (US 2,486,533) 
or BF 3 (US 4,935,577), which have to be separately removed from the catalytic system. Said catalyst can be placed 
25 directly in the distillation apparatus. However, the present invention particularly concerns a process and an reactor 
system in which the solid catalyst is placed in a separate reactor connected to said distillation column in a manner that 
permits recycling of the sidestream flow obtained from the column back to the column after being subject to a conversion 
reaction in said reactor. The olefins are contacted with the catalyst at a temperature sufficiently high to attain oligomer- 
ization, and at least a portion of the product flow leaving the catalyst zone is fractionated in the same distillation column. 
30 [0018] A further difference to the prior art is that it is an object of the present invention to oligomerize all olefins, not 
only alpha-olefins. 

[0019] More specifically, the process in accordance with the invention is principally characterized by what is stated 
in the characterizing part of claim 1 . 

[0020] In the context of the present application the term "catalytic distillation" is used for denoting a combination of 
35 a reaction with the fractionation of products by distillation so that 

an essential portion, preferably at least 20 %, of the internal liquid flow through the distillation column is routed 
through the catalyst zone and 

the portion of liquid flow routed through the catalyst zone is returned to the distillation column at a point which is 
40 most desirable for the distillation process. 

[0021] The above-mentioned characteristics are important to the end of achieving the goals of the invention. Con- 
sequently, such an arrangement in which a relatively small sidestream flow is taken from the distillation column intended 
for the fractionation of the products of the oligomerization process and routed to prereactors fails to utilize the heat 

45 released by the exothermic reaction in the improvement of the energy balance of the distillation process. Accordingly, 
such an alternative does not represent "catalytic distillation" in the meaning of the present application. 
[0022] It should further be noticed that the side reactor according to the present invention preferably comprises a 
flow reactor, such asatubular reactoror equivalent, which is operated in such a way that no fractionation of the products 
will take place therein; the reactants and the reaction products flow in the same direction through the side reactor. 

so Although there usually is only one inlet in the side reactor, i.e. the one for the feed drawn off from the distillation column, 
it is in principle possible to feed two or more streams into the side reactor by using one or several additional inlets. All 
the reaction product is, however, withdrawn from the side reactor from one point and the fractionation of the product 
is carried out in a distillation column or in a reactive distillation column. 

[0023] In the following description, the terms "catalyst zone" and "catalyst layer" will be used interchangeably. 
ss [0024] The catalysts suited for use according to the invention can be, e.g., zeolite catalysts or their ion-exchanged 
variations. Typical zeolites incorporate crystalline afuminosiiicate zeolites such as, e.g., ZSM-5 zeolite presented in 
US patent publication 3,702,886 and variants thereof such as ZSM-11, ZSM-12, ZSM-23, ZSM-35, and ZSM-38 for 
instance. Other suitable catalysts are, e.g., borosilicates, ferrosilicates and/or aluminosilicates. As catalysts, HSiWand 
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other hetero polyacid -type catalysts can also be used. However, the invention is not limited tothe above-named catalyst 
grades alone, but rather, all such solid phase catalysts that catalyze the oiigomerization reactions of olefins are suited 
for use according to the invention. 

[0025] The catafyst is preferably a zeolite, and the reaction is carried out at a minimum temperature of 1 50 °C. 
[0026] If several catalyst Jayers are used in embodiments of the invention, be it inside the distillation column, in the 
side reactors or in both the distillation column and the side reactors, the various catalyst layers may contain catalysts 
of different types. This makes it possible to use for each respective location of the layer the catalyst type that works 
best. As a result, some heating and cooling phases may become superfluous and can therefore be avoided. 
[0027] As an additional benefit of using different types of catalysts in the same reaction system, it may be pointed 
out that, working in different temperature ranges, different catalyst have different selectivity and will provide products 
with different product distributions and various amounts of sideproducts. It is therefore possible to modify the properties 
of the products by the selection of the catalyst types. 

[0028] The use of different catalysts can be illustrated by a process in which the upper side reactor of a conventional 
distillation column contains ZSM-5 zeolite, which will catalyze oiigomerization of light olefins, and the lower side reactor 
of said column contains a Ni modified zeolite which only catalyzes dimerization. This embodiment makes rt possible 
to change both the ratio between the diesel oil and lubricant oil fractions and the quality of said fractions. 
[0029] Another example of the use of different catalysts is indicated in Example 5 below, wherein a ZSM-5 zeolite 
and a HSiW (hetero polyacid) -type catalyst are employed. 

[0030] The catalyst for the reaction is placed in either the distillation apparatus, or alternatively in at least one sep- 
arate reactor (later called the "side reactor") connected to said distillation column, the sidestream flow from the distil- 
fation column to said side reactor(s) being returned from the reaction zone of said side reactor(s) back to the column 
after being converted in the reaction. 

[0031] An embodiment according to the invention incorporates at least one catalyst layer which is arranged in con- 
junction with the trays located above the feed tray of the distillation column, a reaction consuming light olefins being 
achieved. 

[0032] The invention uses a "solid", contiguous catalyst, thus avoiding the need for any auxiliary equipment for sep- 
arating the catalyst from the products.. Consequently, the process can be fed with such feedstock mixtures that contain 
inert components in relatively high concentrations. Therefore, the process feedstock can comprise a mixture of olefins 
and paraffins of approximately equal boiling point ranges. The olefins will be oligomerized and removed as heavier 
fractions from the column bottom, while the paraffins as inert compounds leave the column from its top. The lower limit 
of the olefinic components concentration is approx. 10 %, while preferably the feedstock contains at least approx. 50 
% of olefins. The feedstock can then, e.g., include the unreacted part of the feedstock (also known as Raffinate) with 
a high content of alkanes that is available in the product stream of a preceding oil refining unit. Accordingly, the process 
can be fed with a mixture containing 40 % butane and approx. 60 % butenes. It is also possible to feed the process 
with mixtures containing, in addition to C 4 hydrocarbons, also C 3 hydrocarbons (cf. Example 5). In fact, as Example 6 
below shows, the feed may even primarily be comprised of C 3 hydrocarbons. Thus, a propene feedstock containing 
approx. 20 % propane as an impurity can be oligomerized in the presence of ZSM-5 type catalysts to produce lubricant 
fractions having high viscosity indeces. 

[0033] The paraffins of the feedstock are inert and provide temperature stabilization for such a reaction in which 
mixtures with a high content of light olefins are oligomerized. The feedstock can also contain heavy paraffins such as 
C ia+ that are directly suitable for the product composition without hydrogenation. 

[0034] The basic concept of the invention can be implemented by carrying out an oiigomerization process in a con- 
ventional catalytic distillation column with the catalyst packed in the column. As a difference to the prior art, according 
to a specific embodiment of the basic concept, the solid catalyst used then at least substantially consists of a zeolite, 
the olefins are contacted with the catafyst at a temperature sufficiently high for oiigomerization, and at least a portion 
of the product flow leaving the catalyst zone is fractionated in the same distillation column. A prereactor can be con- 
nected to the reactor for increasing the proportion of heavy olefins in the feed flow of the initial reactants. Correspond- 
ingly, a postreactor can be connected after the column for further conversion of the product stream from the column 
into yet heavier olefins. The catalyst is arranged in at least one, preferably in 2 to 5 reaction zones having, when 
necessary, heater elements adapted within the zones such as tubular heaters for instance, suited for heating the re- 
action zones independently from each other. Thus, for instance, with ZSM-5 type zeolite packed in reaction zones, the 
temperatures of the various zones are maintained the higher the lower the zone is located in the column. Typically, the 
temperatures of the reaction zones are in the range from 150 to350°C, preferably from 150 to 320 °C and in particular 
approx. 180 to 300 °C. However, operation at a lower temperature is also possible provided that the catalyst employed 
can perform satisfactorily at such temperatures. In exemplifying embodiments 1 and 2 discussed later, a distillation 
column is described having three reaction zones in which the reaction zone temperatures are (from top to bottom): 
180 to 220 °C, 255 to 260 °C and 265 to 280 °C. 

[0035] The distillation column can be of any conventional type such as a tray column with sieve, bubble cap or valve 
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traysora packed filling column. The term "tray" (e.g. the "feed tray") herein refers to eithera physical or a theoretical tray 
[0036] Instead of a single column, two or more columns can be used in the process, each of which performs the 
oligomerization of olefins, in this case the columns are preferably connected in series. Each column can have one or 
more reaction zones in the manner described above. 

5 [0037] According to a first preferred embodiment of the invention, the oligomerization reactions are performed at 
least partially in side reactors. The process feed can be routed partially or entirely to the side reactors, whereby the 
distillation column does not necessarily have a direct feed. This condition also applies to that alternative embodiment 
according to the invention in which the olefin mixture is first routed via a prereactor for, e.g., increasing the proportion 
of heavy olefins, or alternatively, binding catalyst poisons, because the conversion of olefins in a configuration com- 

10 prising a distillation column and a side reactor may be relatively low in terms of the ultimate use of the product. This 
problem can be solved particularly advantageously by arranging a separate olefin feed nozzle to at least one of the 
side reactors. When the initial reactant is fed to the side reactor during system startup, no concurrent sidestream feed 
from the distillation column is taken. By feeding the initial reactant directly to the side reactor, the product composition 
can also be controlled. 

is [0038] In a second preferred embodiment of the present invention, the reactor system of catalytic distillation com- 
prising a distillation column and at least one side reactor is brought as close as possible to the conditions of conventional 
reactive distillation. The number of required reactors is dependent on the olefin content of the reacting mixture and the 
use of a possible prereactor. Typically, the invention is implemented using multiple side reactors to which the reflux 
flows from one tray of the column to another are routed, whereby the return tray is selected so as to attain maximum 

20 degree of fractionation. In an ideal case the system according to the invention approximates very closely the conditions 
of conventional reactive distillation. 

[0039] According to the invention the minimum number of sidestream flows/reactors is one, while the maximum 
number thereof can be as high as the number of trays in the distilfation column, depending on the desird conversion 
or economical aspects. The maximum number is preferably determined by the number of side reactors required for 
2S obtaining optimum distillation conditions. Preferably, an embodiment according to the invention has 1 to 20, in particular 
about 2 to 10 side reactor units. 

[0040] In exemplifying embodiment 3 discussed later, a distillation column/reactor system is described having the 
catalyst placed entirely in the side reactor. 

[0041] The side reactor unit may comprise only one reactor, or alternatively, it can be configured from multiple smaller 
30 reactors connected in series, parallel, or both series and parallel. 

[0042] According toa preferred alternative embodiment of the invention, the catalyst charge required in the distillation 
column/reactor system is entirely placed in the side reactors, whereby significant benefits are obtained in terms of 
system maintainability, for instance. 

[0043] The scope of the invention also covers systems in which at least one catalyst zone is placed in the distillation 

35 column in a conventional manner. 

[0044] The sidestream flow taken from the column to the side reactor can be equal to the internal liquid reflux flow 
of the column (total drawoff) or smaller, however, at least 20 % of the total flow. The total drawoff scheme can be applied 
in cases where the column is connected to multiple reactors, whereby the sidestream flow is returned to a tray below 
the drawoff tray. In the latter case - which is applicable in a singe-reactor configuration - the drawoff flow is approx. 40 

40 to 90 %, typically approx. 60 to 70 %, of the reflux flow, thus making possible its return to a suitable tray below the 
drawoff tray. In this case the choice of a suitable tray is determined by the conventional design rules for the optimum 
feed tray of a distillation column. 

[0045] The sidestream flow from the column can be routed via the side reactor either from bottom to top, or alterna- 
tively, from top to bottom. For a tubular reactor and a fixed-bed reactor, both flow directions are possible, while a 

45 fluidized-bed reactor requires a flow upward from the reactor bottom. 

[0046] The sidestream circulation is implemented either as forced circulation by means of a pump or as natural 
circulation by the thermosiphon effect, whereby the reaction heat boils the liquid causing said effect. 
[0047] If pumped circulation of the hydrocarbon mixture is employed, the reactor can be afixed-bed reactor, a tubular 
reactor or a fluidized-bed reactor, or any combination thereof, or a configuration of multiple reactors in series. In a 

so system based on the thermosiphon effect, only a fixed-bed or tubular reactor is suitable, and further, of these the latter 
represents here an inferior alternative as the gas imparting the recirculation is condensed therein. 
[0048] The volume of the catalyst charge in the side reactor can be dimensioned for 0.01 to 100 times the liquid 
hourly space velocity which means the volume rate of liquid throughput per hour through the reactor. A typical value 
is approx. 0.1 to 10 times the space volume. Expressed in engineering units, the reactor LHSV is 0.01 to 100 mPliquid/ 

55 m 3 cat./h, a typical value being 0.1 to 10 mPliquid/ir^cat./h. 

[0049] If the reactor is of the fixed-bed type, the fluid superficial velocity in the reactor is dimensioned according to 
the catalyst manufacturer specifications, typically being in the range 5 to 30 rrvh for the liquid flow, in a fluidized-bed 
reactor the fluid superficial velocity is 1 to 10 times the minimum fluidization velocity, typically 2 to 6 times the minimum 
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fluidization velocity. 

[0050] The operating pressure of the reactors is determined by the column operating pressure and the reactor type. 
When a side reactor is used in connection with heat exchangers, a pump and a back-pressure regulator, the operating 
conditions of the side reactor can be different from those of the distillation column. Thus, the side reactors can be 

s operated at pressures above the distillation column pressure, a condition which is frequently advantageous in terms 
of reaction yield. The distillation column pressure is then, e.g., 1 to 10 bar, while the side reactor pressure is in the 
range from 10 to 100 bar. The operating pressure of the side reactors can also be in the same order ol range as the 
distillation column pressure (in practice, equal to column pressure plus the pressure loss in the piping). Then, the 
operating temperature cf the reactors is determined by the boiling point of the hydrocarbon mixture, thus preventing 

10 the occurrence cf overheated zones in the reactor. 

[0051] In a circulation based on the thermosiphon action, a part of the liquid flow through the side reactor is vaporized. 
Then, the side reactor can be run without the need for the pump, back-pressure regulator and heat exchangers. This 
is possible by virtue of the energy released in the exothermic reaction that provides a portion cf the vaporizing heat. 
Vaporization can occur in the side reactor, whereby the preheater is arranged prior to the side reactor, or alternatively, 

is in a boiler arranged after the reactor. The latter approach is preferred. 

[0052] When the number of the side reactor units in the ofigomerization process is greater than one, the distillation 
column/reactor configuration can be complemented by at least one heat exchanger connected so that the outlet flow 
of one side reactor is used for heating the feed flow of another side reactor. Such a heat exchanger can be formed by 
e.g., tubes placed inside the catalyst bed of the side reactor. 

20 [0053] The distillation column side drawoffs can be used for achieving different olefin and inert component flows. 
According to a preferred embodiment of the invention, the oligomer-rich product is withdrawn from the above-described 
columns from a tray, which is located below the feed tray and which is selected'according to the desired composition 
of the product. A drawoff can also be used for withdrawal of paraffinic component streams containing, e.g., C 4 alkanes. 
[0054] A system according to the invention can be connected to product fractionation and hydrogenation equipment, 
whereby the invention becomes suited for manufacture of intermediate distillates and lubricant stock. Example 4 below 
includes the analysis values of a lubricant stock distillate manufactured according to the invention. 
[0055] The invention provides significant benefits. Thus, the process concept can combine the reaction step with the 
distillation step in a single system. This approach offers an improvement of the process energy balance. A significant 
benefit of the reactor system described in the present patent application is the utilization of the relatively high reaction 

30 heat from the oligomerization of olefins in the distillation step. The product obtained from the oligomerization reaction 
that is a mixture of hydrocarbons with different carbon chain lengths (plus abundant isomers) must always be separated 
into suitable fractions by, e.g., distillation. The process concept according to the present invention makes it possible 
to simultaneously perform out the reaction and separate the desired product from the non reacting inert hydrocarbons 
(paraffins) possibly carried over from the feed. 

35 [0056] As mentioned above, the side reactors and the distillation columns can be run under different conditions. In 
other words, the optimal operational ranges can be chosen independently for the reactors and the column, respectively 
This makes it possible for instance to improve the activity of an ageing catalyst by increasing the temperature without 
there being any need for a change cf the operational temperature of the column. 

[0057] An additional benefit of the process is its flexibility in product grade changes. Further notice must be made 
40 on the characterizing feature that the present reactor system permits control of product composition and qualities by 
virtue of column pressure, temperature and degree of fractionation. 

[0058] The thermal stability properties of the lubricant stock obtained after the fractionation and hydrogenation steps 
are excellent. 

[0059] In the following the invention is examined closer with the help of a detailed description and application exam- 
45 pies. Alternative embodiments of the invention are illustrated in the annexed drawings in which 

Fig. 1 shows the simplified process diagram of a system in which alternative the catalyst beds are located in the 
distillation column, 

Fig. 2 snows the process diagram of another process which alternative differs from that shown in Fig. 1 in that a 
50 part of the oligomerization product is withdrawn from a point above the column bottom and a part of the inert 

paraffins are withdrawn from a tray located in the upper section cf the column, 

Fig. 3 shows the process diagram of a third process having a catalyst-filled prereactor placed preceding the dis- 
tillation column shown in Fig. 1, 

Fig. 4 shows the process diagram of a first embodiment of the invention having the catalyst beds placed in two 
55 side reactors so that the drawoff point from the distillation column to the first reactor is situated above the feed 

point of the olefin mixture, 

Fig. 5 shows a second embodiment of the invention analogous to the alternative described above with the exception 
that the olefin mixture is fed to the second side reactor, 
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Fig. 6 shows the process diagram of a third embodiment of the invention having two side reactors arranged so 
that the feed of one reactor is heated in a heat exchanger by energy recovered from the product flow of the other 
reactor, 

Fig. 7 shows the process diagram of a fourth embodiment cf the invention having the catalyst placed in both the 
s distillation column and two side reactors, 

Fig. 8 shows the process diagram of an fifth embodiment of the invention having the catalyst placed in a side 
reactor and having the recirculation between the distillation column and the side reactor implemented by virtue of 
thermosiphon action, 

Fig. 9 shows the process diagram of a sixth embodiment of the invention having the catalyst placed in side reactor 
10 and having the recirculation between the distillation column and the side reactor implemented as forced circulation, 

Fig. 10 shows the process diagram having two series connected distillation columns with multiple catalyst beds in 
both of them. 



[0060] In the diagrams the reference numerals 



1, 9, 18, 27, 41, 55, 70, 84, 95, 110 and 111 denote a column, 

2, 1 0, 1 9, 28, 42, 56, 71 , 85, 96 and 112 denote a feed point of the feedstock, 

3, 1 1 , 20, 29, 43, 57, 72, 86 and 97 denote a column tray, 

4, 1 2, 21 , 30, 44, 58, 73, 87, 98 and 11 3 denote a catalyst bed, 

20 5, 1 3, 22, 33, 47, 61 , 76, 89, 100, 114 and 119 denote a distillate condenser, 

7, 15, 24, 35, 49, 63, 78, 91, 102, 116 and 121 denote a return point of the distillate, 

6, 14, 23, 34, 48, 62, 77, 90, 101, 115 and 120 denote a boiler of the bottom product, and 

8, 16, 25, 36, 50, 64, 79, 92, 103, 117 and 122 denote a return point of the vapor obtained from the boiler. 

2£ [0061] The meanings for the rest of the reference numerals will be evident from the following description. 

[0062] The general process principle is shown in Fig. 1 . With reference to the diagram, an olefin-containing hydro- 
carbon mixture is fed directly to a distillation column 1 at an appropriately selected point (feed nozzle 2), possibly via 
a preheating stage. The column is provided with trays 3, e.g., valve trays between which catalyst layers 4 are adapted 
containing a zeolite catalyst. In the embodiment illustrated in the diagram, the feedstock is fed in the space remaining 

so between the upper and middle layers of catalyst. In the column light olefins are oligomerized in a zeolite-catalyzed 
reaction forming primarily containing C 11 and heavier hydrocarbons, most of them unsaturated. Oligomerization is also 
accompanied by cracking reactions in which light hydrocarbons are formed. 

[0063] The column top product flow contains light paraffinic hydrocarbons and possible light cracking products of 
the reaction. The column bottom product flow contains heavier hydrocarbons (oligomers) that are taken to further 

35 processing. These can be routed to, e.g., a separate hydrogenation process for improvement of product stability (when 
producing gasoline blending stock, diesel fuel or aliphatic solvents) or to distillation where the mixture of heavy olefins 
is separated into desired fractions according to intended uses. The maximum operating pressure of the column is 
determined by the desired composition of the bottom product (that is, diesel fuel, solvents, stock for lubrication oils). 
On the other hand, the maximum pressure of approx. 2500 kPaabs. in the column is dictated by the conditions required 

40 in distillation. At pressures above this, the lower section of the column has poor hydraulics, and fractionation in the 
column lower sectidn is almost nonexistent. The column upper section can be provided with a partial condenser 5 from 
which light hydrocarbons such as methane, ethane and ethylene as well as hydrogen formed in the cracking reactions 
are obtained in gaseous form. The column top provides a liquid flow primarily containing paraffins, since the olefins 
are consumed in oligomerization. When the partial condenser 5 is employed, also the paraffins can be obtained in 

45 gaseous form. The condenser is necessary only for attaining the reflux flow to the distillation column; in this case the 
liquid product flow will not be taken from the column top. 

[0064] If the feedstock is comprised of a mixture of butenes and butanes, the partial condenser 5 at the column top 
provides the cracking products (methane, hydrogen, ethane, ethylene, propane and propene) in gaseous form, while 
the butanes are obtained as a liquid product. The butane stream obtained as the top product contains butenes to some 

50 extent. The amount of butenes in the top product depends on the degree of fractionation employed in the column and 
the placement of the catalyst. The higher the reflux ratio the more exhaustive is the consumption of butenes in the 
reactions. Depending on the operating temperature and pressure, the bottom product of the column is a product mixture 
primarily containing olefins but also paraffins formed in the side reactions. A portion of the energy consumed in distil- 
lation is introduced via a column bottom boiler 6, thus recycling the lighter hydrocarbons back to the column. 

5£ [0065] The olefinic hydrocarbon streams obtained from the catalytic distillation system are not as such directly suited 
for use as gasoline, diesel fuel or solvent. The octane number of the olefinic gasoline components is high, while due 
to their instability they can be hydrogenated into paraffinic components of a lower octane number. Also the instability 
of the diesel fuel and solvent fractions is removed in hydrogenation. As the hydrogenation inevitably causes changes 
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in the carbon chain lengths to some extent, separation equipment such as distillation columns must be placed after 
the hydrogenation to obtain the desired product fractions. Hydrogenation can also be performed separately for each 
olefin fraction. In both cases the products are different kinds of paraffinic solvents as well as blending stock for diesel 
fuel, gasoline and possibly for lubricants. The proportions of said components in the final product are dependent on 

s the oligomerization conditions. 

[0066] In conjunction with all embodiments of the invention, it is possible to arrange drawoffs for both the oligomerized 
olefin streams and the paraffin-containing streams. The number of such streams can be one or greater. If the drawoff 
is located above the catalyst layers, a stream rich in light paraffins is obtained. Placement of the paraffins drawoff at 
a tray situated in the top section of the column facilitates purposeful design of the fractionation process of the cracking 

i£> products and the paraffins. Correspondingly, a drawoff located below at least one catalyst layer provides a stream rich 
in oligomerized olefins, whereby at least two product fractions are obtained for hydrogenation: the drawoffs and the 
bottom product. 

[0067] Fig. 2 elucidates the latter alternative arrangement. The column 9 with its trays 11 and reaction zones 12 is 
equivalent to that shown in Fig. 1 , while also a distillate condenser 1 3 and a bottom boiler 1 4 are included. Reference 
is numeral 17 denotes an oligomer flow drawoff, which is located above the lowermost reaction layer. This drawoff pro- 
vides a fraction containing lighter oligomers than those of the bottom product. 

[0068] With reference tothe embodiment of Fig. 3, the arrangement shown in Fig. 1 is complemented with aprereactor 
26. The units 1 8 - 25 of this arrangement correspond to the units 1 - 7 of Fig. 1 . The use of a prereactor is advantageous 
when the feed contains olefins and light paraffins (e.g. butenes and butanes). The prereactor 26 may comprise, e.g., 
20 a tubular reactor with a fixed catalyst bed. A benefit offered by the use of a prereactor is that, after a portion of the 
butenes has already become oligomerized, the boiling point of the mixture increases and the vapor pressure decreases, 
whereby the pressure of the column 30 need not be designed as high as for a case without the prereactor. The column 
temperature is determined by the pressure in the column. In order to support the desired reaction also in the column 
section of catalytic distillation, the column pressure must be such that keeps the column temperature within the oper- 
as ating region of the catalyst. 

[0069] While the connection of the prereactor to the arrangement shown in Fig. 1 is illustrated in Fig. 3 alone, it must 
be understood that such a connection is possible with all other process embodiments described above or hereinafter. 
[0070] With reference to Fig. 1 , the catalyst is placed directly in the distillation column itself. As the oligomerization 
reaction of this type can produce carbonaceous deposits on the catalyst, the embodiment shown in Fig. 4 has the 
30 catalyst 30 placed in reactors 31 and 32 externally from the column. Then, the distillation column can be provided with 
a desired number of side reactors of appropriate residence time. A benefit over the embodiment shown in Fig. 1 is that 
the catalyst contained in the reactor can be regenerated in a suitable order. For instance, three side reactors can be 
in operation concurrently, while the fourth is being regenerated. 

[0071] With reference to the embodiment shown in Fig. 4, the olefins 28 are fed to a conventional distillation column 
3S 27 operated at a temperature of approx. 300 to 350 °C in the bottom (tray N) and at a temperature of, e.g., approx. 10 
to 70 °C in the top (tray 1 ). The light olefins of the feedstock are vaporized in the column 27, rise upward and a portion 
of them is routed via a drawoff to a first side reactor 31, where they are contacted with the catalyst. The reactor is 
maintained at a temperature of, e.g., approx. 200 to 250 °C. The reaction product is removed from the reactor and 
returned to the column onto a tray below the initial drawoff tray. The column drawoff and the return point of the flow 
40 recycled from the side reactor are both located above the feed tray of the column feedstock. A side reactor connected 
in the above-described manner is hereinafter called the "upper side reactor". The column also has another side reactor 
32 connected to it. Then, the flow to be routed tothe latter reactor is taken from a drawoff located below the feed tray 
28. Since the stream passing through the latter side reactor 32 is returned below the feed tray, the side reactor 32 can 
be called the "lower side reactor" analogously with the upper side reactor 31 . For other parts of its system configuration, 
46 the second side reactor is fully equivalent to the first side reactor. The side reactors 31 , 32 can be operated at a pressure 
above that of the column 28 (e.g., 50 bar vs. 5 bar). In the case shown in Fig. 4, the side reactors are fixed-bed reactors, 
whereby the liquid flow is arranged from top to bottom. 

[0072] With reference to the embodiment of Fig. 5, the system arrangement is equivalent to that shown in Fig. 4 with 
the exception that the feed flow to the oligomerization process is routed partially - or as shown in Fig. 5 - entirely to 
so side reactors 45, 46. 

[0073] With reference to Fig. 6, the use of a heat exchanger is shown for transferring heat from the product flow of 
one side reactor to the feed of another side reactor. Then, the lower section of a column 55 is connected to a side 
reactor 60 (that is, a lower side reactor), whose product flow is taken via a heat exchanger 65 prior to returning the 
flow back to a distillation column 55. The colder side of the heat exchanger 65 is fed with a flow taken from a drawoff 
55 66 and performing as feed for a side reactor 59 (upper side reactor) which is connected to the upper section of the 
column. By virtue of the heat exchanger 65 the feed flow can be heated to a desired temperature prior to routing it to 
the upper side reactor. This approach offers an optimal utilization of the reaction heats in a system based on the 
combination of a distillation column with side reactors. Instead of a separate heat exchanger 65, cooling pipes can be 
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installed inside the catalyst layer of the side reactors 59, 60, the feed flow of one reactor being routed via said pipes 
into another reactor. Additionally, Fig. 6 shows an approach to feeding a portion of the feedstock to the first side reactor 
59. Further shown in the diagram is the arrangement of routing the liquid flows which rise from the bottom upward 
through the side reactors. The reactors in the illustrated case can be tubular reactors, for instance. 

s [0074] With reference to Fig. 7, a combination of the arrangements according to the diagrams of Figs. 1 and 4 is 
shown. In this system a part of the catalyst charge 73 is placed in the column 70, while the remaining part is placed in 
the side reactors 74, 75. The drawoff and return points SO, 81 of the first side reactor 74 are located above the reaction 
zone of the column, while the corresponding points of the second side reactor are situated below said reaction zone. 
The olefins are fed to the column above the reaction bed. With regard to the remaining details of the equipment ar- 

10 rangement, the system is identical to the configuration shown in Fig. 4, for instance. The above approach can provide 
drawotfsforsidestreamsof differing compositions. However, the distillation column/reactor system has only one catalyst 
bed, whereby its regeneration requires shutdown of the column from production. The catalyst bed can be situated in 
the column either above the feed nozzle, or alternatively, multiple catalyst beds can be placed in the column. 
[0075] When using side reactors, the approach shown in Figs. 8 and 9, for instance, is possible. In the arrangement 

15 shown in Fig. 8 the exothermic reaction makes the side reactor function as a thermosiphon. Then, no pump is necessary 
for returning the outlet flow of the reactor back to the column. In the system shown in Fig. 9, a pump 106 is employed 
for pumping the reactor outlet flow back to the column. The need for a pump is dictated by the difference between the 
side reactor and the oulet and inlet flows of the column. 

[0076] magnitude of the elevation difference between the side reactor inlet point of the flow from the column and the 
20 side reactor outlet point of the flow returning to the column. A further function of the pump is to compensate for the 
pressure drop in the side reactor catalyst bed. Changes in product composition are possible by way of altering the 
position of the connection points to the side reactors. Such alterations are reflected in the side reactor temperature 
and composition of the reaction product. Moreover, the use of side reactors makes it possible to control the space 
velocity, which affects the residence times in the reactors and thus, the product compositions. 
25 [0077] In the side reactor arrangement according to Fig. 9, also heat exchangers 107 and 108 can be connected 
either before or after the reactor 99. The return flow from the reactor 99 back to the column 95 is taken via a back- 
pressure regulator 103. Such a combination of the pump 106, heat exchangers 107, 108 and back-pressure regulator 
109 can be employed to run the reactor 99 under operating conditions different from those of the distillation column 95. 
[0078] With reference to Fig. 1 0, an alternative embodiment is shown having the catalytic column divided in two. The 
30 first column 110 is operated at a higher pressure than the second column 111 . The product composition can be altered 
by varying the column pressures. Such a two-column system can be complemented with a pre-reactors in accordance 
with Fig. 3, and the columns can be provided with drawoffs. The catalyst charge 1 1 3 can be placed either in the column 
(s), in the side reactors alone or in both the column(s) and in the side reactors. 

[0079] If a heavier product is to be manufactured using any arrangement in accordance with the above-described 
35 embodiments, the bottom product of the column can be taken to a postreactor when needed. 

[0080] During the optimization design of the column and the connected prereactors, side reactors and postreactors, 
catalysts of different operating temperatures can be desiredly placed to multiple locations in the system. Concomitantly 
a disproportionate increase in column or reactor size is avoided. 
[0081] Next, a few examples are given with test results. 

40 

Example 1 

Feed of a mixture of C 4 olefins and C 4 paraffins directly to a catalytic distillation reactor system 

45 [0082] A catalytic distillation reactor system according to Fig. 1 including three catalyst layers I, II and Ell was fed 
with a mixture of C 4 olefins and C 4 paraffins having a composition of 



50 



i-butane 


26 


% 


n-butane 


14 


% 


1-butene 


21 


% 


2-butene 


39 


% 



[0083] The catalyst was conventional ZSM-5 zeolite. The reaction beds were maintained at different temperatures 
so that the column lower section was at a temperature higher than that of the column upper section. The catalyst bed 
temperatures were as follows: 
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CataEyst I 


265-280 °C 


CataEyst II 


255-260 °C 


CataEyst III 


180-220 



[0084] The distillation reactor pressure was 20 bar. 

[0085] The bottom product composition (as olefins) obtained after the oligomerization step was: 



C 4 

Cs-7 

C9-10 
Cm 
C 1&+ 



= 0.29 % 
= 4.4 % 
= 3.9 % 
= 9.3 % 
- 77 % 
= 38% 



Example 2 

Feed of C 4 olefins through a prereactor 

[0086] The oligomerization reaction was performed using an arrangement in accordance with Fig. 3 by introducing 
a feed stream of pure 1-butene via a prereactor to a catalytic distillation reactor. A catalyst bed comprised of ZSM-5 
zeolite was contained in both the prereactor and the catalytic distillation reactor. (The prereactor temperature was 240 
°C and pressure 50 bar. 

[0087] The product composition (olefins) after the prereactor was: 



C 4 = 

C5.7 
C 8 = 



38% 
5.0 % 
29% 
6.9% 
21 % 



[0088] The product stream was next introduced to the catalytic distillation reactor, where it was oligomerized to obtain 
a product rich in lubricant blending stock fractions. The distillation reactor was in accordance with Example 1 provided 
with three reaction beds maintained at different temperatures so that the lower section of the distillation reactor was 
at a temperature higher than the reactor upper section. The temperatures in the reactor were as follows: 



Catalyst I 


265-280 


•C 


Catalyst II 


255-260 


°C 


Catalyst III 


180-220 


°C 



[0089] The distillation reactor pressure was 7 bar. 

[0090] Categorized by boiling point range, the product composition obtained from the distillation reactor was: 



TA - 80 *C 
80 - 180 °C 
180 -200 °C 
200 - 320 "C 
320 °C - TL 



= 3% 
= 25 % 

- 11 % 

- 47 % 

- 14% 



[0091] As is evident from the above data, the catalytic distillation system according to the invention is well suited to 
the manufacture of heavy fractions. By reference it must be noted that a raffinate twice processed through a conven- 
tionaltubular reactor contains less heavy fractions than the product obtained by virtue of the catalytic distillation system. 
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Example 3 

Oligomerization of mixture of C 4 olefins and C 4 paraffins in a catalytic distillation system including side 
reactors 



[0092] A mixture of C 4 olefins and paraffins was oligomerized using a distillation reactor system in accordance with 
Fig. 5 in which arrangement the fractions obtained from the distillation column are recycled via two catalytic side reactors 
back to the distillation column. The C 4 feed was introduced to the inlet of the upper side reactor in the manner shown 
in Fig. 5. 

[0093] The feed composition was: 



i-butane 


26% 


n-butane 


14% 


1-butene 


21 % 


2-butene 


39% 



[0094] The side reactors had fixed catalyst beds in which the catalyst was ZSM-5 type zeolite. 
[0095] The distillation reactor system was operated with a temperature differential between the parts of the system. 
Thus, the temperature at the distillation column bottom was 330 °C, while the column top temperature was 20 "C. The 
inlet flow temperature to the higher side reactor was 70 *C and to the lower side reactor 200 "C. Both catalytic side 
reactors were maintained at 230 °C. The distillation column pressure was approx. 5 bar, while the side reactors were 
run at 50 bar. 

[0096] The product was fractionated by the following boiling point ranges: 



TA - 80 °C 
80-180 °C 
180 -200 °C 
200 - 320 °C 
320 °C - TL 



= 4% 
= 12% 
= 6% 
= 50 % 
= 28 % 



Example 4 

Separation of lubricant blending stock fraction 

[0097] The lubricant blending stock fraction was separated from the product obtained from Example 2 by distillation 
(at 410 °C and above) and said fraction was hydrogenated. 
[0098] Analysis results: 

Viscosity index 105 
Pour point -36 *C 

[0099] The thermal stability of lubricant blending stock fractions manufactured in the described manner was excellent. 
The thermal stability was even better than that of poly^alphaolefins and, contrary to these, the oligomer products man- 
ufactured according to the present invention were entirely free from catalyst residues. 

Example 5 

Oligomerization of a mixture of C 4 olefins, C 4 paraffines, propene and propane in a catalytic distillation system 
equipped with a side reactor, the reaction beds being provided with different catalysts 



[0100] A mixture of C 4 olefins and paraffines (Ratfinate II) together with propene was oligomerized in a distillation 
reaction system corresponding to Figure 5. Distillation fractions withdrawn from the distillation column were recirculated 
via two catalytic side reactors back to the column. The C 4 hydrocarbons as well as the C 3 hydrocarbons were fed into 
the feed flow of the upper side reactor as depicted in Figure 5. The feed of the lower side reactor only comprised a 
stream withdrawn from the distillation column. 

[0101] The composition of the C 4 feed was the same as in Example 3. The C 3 feed contained about 80 % of propene, 
the rest being propane. The mass flow ratio of the C 3 feed to the C 4 feed was 23: 1 03. 
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[0102] Fixed catalyst beds were used in the side reactors. The upper side reactor contained a ZSM-5 type zeolite 
as a catalyst, whereas the lower side reactor contained a HSiW (hetero polyacid) catalyst. 

[0103] The different parts of the distillation reactor system were kept at different temperatures. Thus, the temperature 
at the bottom of the distillation column was 330 °C, whereas the temperature at the top was 20 °C. The temperature 
s of the inlet flow to the upper side reactor was 70 °C and to the lower side reactor 200 °C. The upper side reactor, which 
contained the ZSM-5 catalyst, was maintained at 235 °C, whereas the lower side reactor, which contained the HSiW 
catalyst, was kept at 220 °C. The distillation column pressure was approx. 2.5 bar, while the side reactors were operated 
at 50 bar. 

[0104] The product was fractionated by the following boiling point ranges: 

w 

IBP- 200 D C =31% 
200 - 350 "C = 60 % 

350- 410 °C = 6% 

410-FBP°C =3% 

15 

[0105] The cetane number of the distillate fraction of 200 to 350 "C was 50. Both the 350 to 410 °C and the 410+ 
°C fractions were, subject to hydrogenation, suitable for use as lubricants. 

[0106] This Example clearly shows that different oligomerization catalyst can be used in the reactors of the process. 
Furthermore, the Example indicates that the system according to the invention can be run on a mixture of propene and 
20 butenes as feedstock. 

Example 6 

Oligomerization of propene in a catalytic distillation reactor system 

25 

[0107] Propene containing about 20 % of propane as an impurity was oligomerized in a distillation reactor system 
depicted in Figure 5. Distillation fractions withdrawn from the distillation column were recirculated via two catalytic side 
reactors back to the column. The propene was fed into the feed flows of both side reactors, as shown for the upper 
side reactor in Figure 5. The propene feed of the upper side reactor was twice the amount of the propene feed of the 
30 lower side reactor. 

[0108] The side reactors contained fixed reaction beds, whose catalyst comprised a ZSM-5 type catalyst. 
[0109] The conditions of the distillation reaction system were approximately the same as in Example 5, with the 
exception for the temperatures of the side reactors: both reactors were maintained at a temperature in the range from 
220 to 230 °C. 

35 [0110] The product was fractionated by the following boiling point ranges: 



IBP - 200 "C =15% 

200 - 350 °C = 72 % 

350- 410 *C =10% 

40 410 -FBP°C =3% 



[0111] The lubricant 410+ °C fraction was hydrogenated and its viscosity index was determined. It turned out that 
the described reactor system produced a lubricant fraction having a viscosity index of 123, i.e. a better viscosity index 
than that obtained in Example4. The reason forthis improvement would appear to be that an oligomer product produced 
from propene is branched in a different way than an oligomer product produced from butenes. 
[011 2] The pour point of the lubricant fraction was -54 °C. 

Claims 

50 

1. A process for oligomerization of olefins, according to which process C3 to Cgo olefins contained in the feedstock 
are subjected to an oligomerization reaction in the presence of a catalyst in order to produce a product containing 
oligomers, 

characterized in that 

55 

the oligomerization reaction is carried out in a catalytic distillation system comprising a distillation column (27; 
41 ; 55; 70; 84; 95) for product fractionation, and connected thereto, at least one side reactor (31, 32; 45, 46; 
59, 60; 74, 75; 88; 99), in which an essential part of the catalyst of the catalytic distillation system is placed, 
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said catalyst comprising a solid oligomerization catalyst which forms a catalyst layer (30; 44; 58; 69; 73; 87; 98), 
at least 20 % of the internal liquid flow of the distillation column is routed through said catalyst layer (30; 44; 
58; 69; 73; 87; 98), and 

the portion of internal liquid flow of the column routed through said catalyst layer is recycled back to the dis- 
5 filiation column (27; 41; 55; 70; 84; 95). 

2. The process according to claim 1, wherein there are 1 to 20, preferably about 2 to 10 side reactors (31 , 32; 45, 
46; 59, 60; 74, 75; 88; 99). 

10 3. The process according to claim 1 , wherein 40 to 90 % of the internal liquid flow of the column (27; 41 ; 55; 70; 84; 
95) is routed through said catalyst layer (30; 44; 58; 69; 73; 87; 98). 

4. The process according to claim 1 , wherein the catalyst used is of the ZSM-5 type. 

15 5. The process according to claim 4, wherein the oligomerization reaction is performed at a temperature in the range 
from 1 50 to 350 °C. 

6. The process according to claim 1, wherein the recycled portion of the internal liquid flow is returned to the distillation 
column (27; 41 ; 55; 70; 84; 95) to a point advantageous for the distillation step. 

so 

7. The process according to claim 6, wherein, having passed through said catalyst layer, said liquid flow is recycled 
back to said column to a return tray betow the drawoff tray of said liquid flow, whereby the location of said return 
tray is chosen so as to attain desired fractionation of the components contained in the recycled flow. 

2S 8. The process according to claim 6, wherein the liquid flow withdrawn from a drawoff point (37; 66; 80) above the 
column feed tray (28; 56; 71 ) is routed to a side reactor (31 ; 59; 74), and having passed through the catalyst layer, 
it is recycled back to the column to a point above said feed tray, while yet below said drawoff point (38; 67; 81 ) of 
said liquid flow. 

so 9. The process according to claim 6, wherein the liquid flow withdrawn from a drawoff point (39; 68; 82) below the 
feed tray (28; 56; 71 ) of the column is routed to a side reactor (32; 60; 75), and having passed through the catalyst 
layer, it is recycled back to the column to a point beiow said drawoff point (40; 69; 83) of said liquid flow. 

10. The process according to claim 1, based on the use of at least two side reactors, wherein the sidestream to the 
3S first reactor (31 ; 59; 74) is withdrawn from above the feed tray of the reactants, while the sidestream to a second 

reactor (32; 60; 75) is withdrawn from below said feed tray of the reactants. 

11. The process according to claim 10, wherein the product stream of said first reactor (31; 59; 74) is recycled back 
to the column to a point above the feed tray (28; 56; 71) of reactants, while the product stream of said second 

40 reactor (32; 60; 75) is recycled back to the column to a point below said feed tray of reactants. 

12. The process according to any one of the previous claims, wherein the sidestream withdrawn from said column 
(95) is recycled by thermosiphon action via said reactor (99) back to said distillation column. 

46 13. The process according to claim 1 , wherein at least a portion of the reactant feedstock is fed directly to at least one 
side reactor (45). 

14. The process according to claim 13, wherein a substantial portion of the reactant feedstock is fed to such a side 
reactor (45) which during the startup of the system or change of product grade is entirely disconnected from re- 

so ceiving a sidestream from the distillation column (41 ). 

15. The process according to 1 , wherein at least one of the reactors (31 , 32; 45, 46; 59, 60; 74, 75; 88; 99) is operated 
at temperature and/or pressure conditions different from those of the distillation column (27; 41 ; 55; 70; 84; 95). 

55 16. The process according to claim 15, wherein the pressure of at least one of said reactors (31, 32; 45, 46; 59, 60; 

74, 75; 88; 99) is maintained at 10 to 100 bar, while the pressure of said distillation column (27; 41 ; 55; 70; 84; 95) 
is maintained at 1 to 10 bar. 
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17. The process according to claim 1 , based on the use of at least two side reactors, wherein at least a portion of the 
heat contained in the outlet flow of one side reactor (60) is transferred to the feed flow of the other side reactor (59). 

18. The process according to claim 1 , wherein the oligomer-containing product is withdrawn from the distillation column/ 
s reactor system (9, 12)from atray (17) situated below the feed tray (10), said withdrawal tray being selected so as 

to render a desired product composition. 

19. The process according to any one of the previous claims, wherein the product obtained from oligomertzation re- 
action is routed to a postreactor (111) to the end of obtaining conversion into a yet heavier product. 

10 

20. The process according to claim 1 , wherein the distillation column (70) includes at least one catalyst layer (73). 

21 . The process according to claim 1 , which comprises using a catalytic distillation system which includes at least two 
catalyst layers (30; 44; 58; 69; 73), wherein at least one of the catalyst layers contains a different type of a catalyst 

is than the other layers. 

22. The process according to any one of the previous claims, wherein the side reactor comprises a flow reactor, in 
which the reactants and the reaction products flow in the same direction. 

20 23. The process according to any one of the previous claims, wherein all the reaction products are withdrawn from 
the side reactor from one point. 



Patentanspruche 

1. Verfahren zur Oligomerisation von Olefinen, gemaB dem die im Ausgangsmaterial enthaltenen C 3 -C 20 -Olefine 
zwecks Herstellung eines oligomerhaltigen Produktes einer Oligomerisationsreaktion in Gegenwart eines Kataly- 
sators unterworfen werden, dadurch gekennzeichnet, daB 

die Oligomerisationsreaktion in einem katalytischen Destillationssystem durchgefuhrt wird, umfassend eine 
Destillationskolonne (27; 41; 55; 70; 84; 95) zur Produktfraktionierung und mindestens einen daran ange- 
schlossenen Seitenreaktor (31, 32; 45, 46; 59, 60; 74, 75; 88; 99), in welchem ein wesentlicher Teil des Ka- 
talysators des katalytischen Destillationssystems untergebracht ist, welcher Katalysator einen festen Oligo- 
merisationskatalysator umfaSt, der eine Katalysatorschicht (30; 44; 58; 69; 73; 87; 98) biidet, 
mindestens 20 % des internen Flussigkeitsstromes in der Destillationskolonne durch die Katalysatorschicht 
(30; 44; 58; 69; 73; 87; 98) gefuhrt wird, und 

der durch diese Katalysatorschicht gefuhrte Anteil des internen Flussigkeitsstromes in der Kolonne zur De- 
stillationskolonne (27; 41; 55; 70; 84; 95) ruckgefuhrt wird. 

2. Verfahren nach Anspruch 1, wobei 1 bis 20, vorzugsweise 2 bis 10 Seitenreaktoren (31, 32; 45, 46; 59, 60; 74, 
75; 88; 99) eingesetzt werden. 

3. Verfahren nach Anspruch 1 , wobei 40 bis 90 % des internen Flussigkeitsstromes in der Kolonne (27; 41 ; 55; 70; 
84; 95) durch die Katalysatorschicht (30; 44; 58; 69; 73; 87; 98) gefuhrt wird. 

4. Verfahren nach Anspruch 1 , wobei der eingesetzte Katalysator vom Typ ZSM-5 ist. 

5. Verfahren nach Anspruch 4, wobei die Oligomerisationsreaktion bei einer Temperatur im Bereich von 150 bis 350 
°C durchgefuhrt wird. 

6. Verfahren nach Anspruch 1, wobei der ruckgefuhrte Anteil des internen Flussigkeitsstromes zur Destillationsko- 
lonne (27; 41; 55; 70; 84; 95) an einen fur die Destination geeigneten Punkt zuruckgefOhrt wird. 

7. Verfahren nach Anspruch 6, wobei der Flussigkeitsstrom nach seinem Lauf durch die Katalysatorschicht zur Ko- 
lonne an einen Ruckfuhrboden unterhalb des Abzugsbodens des Flussigkeitsstromes ruckgefuhrt wird, wobei die 
Lage des RGckf uhrbodens so gewahlt wird, daB die gewunschte Fraktionierung der in dem Ruckfuhrstrom enthal- 
tenen Komponenten erreicht wird. 
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8. Verfahren nach Anspruch 6, wobei der von einem Abzugspunkt (37; 66; 80) uber dem Kolonnenbeschickungsbo- 
den (28; 56; 71) abgezogene Flussigkeitsstrom zu einem Seitenreaktor (31 ; 59; 74) gefuhrt wird und nach seinem 
Lauf durch die Katalysatorschicht zur Kolonne an einen Punkt uber dem Beschickungsboden, jedoch unterhalb 
des Abzugspunktes (38; 67; 81) des Flussigkeitsstromes, ruckgefuhrt wird. 

5 

9. Verfahren nach Anspruch 6, wobei der von einem Abzugspunkt (39; 68; 82) unter dem Kolonnenbeschickungs- 
boden (28; 56; 71 ) abgezogene Flussigkeitsstrom zu einem Seitenreaktor (32; 60; 75) gefuhrt wird und nach seinem 
Lauf durch die Katalysatorschicht zur Kolonne an einen Punkt unterhalb des Abzugspunktes (40; 69; 83) des 
Flussigkeitsstroms ruckgefuhrt wird. 

TO 

10. Verfahren nach Anspruch 1 , basierendauf dem EinsatzmindestenszweierSeitenreaktoren, wobei der Seitenstrom 
zum ersten Reaktor (31 ; 59; 74) von oberhalb des Beschikkungsbodensder Reaktanten abgezogen wird, wahrend 
der Seitenstrom eines zweiten Reaktors (32; 60; 75) von unterhalb dieses Beschickungsbodens der Reaktanten 
abgezogen wird. 

15 

11. Verfahren nach Anspruch 10, wobei der Produktstrom des ersten Reaktors (31; 59; 74) zur Kolonne an einen 
Punkt oberhalb des Beschickungsbodens (28; 56; 71) der Reaktanten ruckgefuhrt wird, wahrend der Produktstrom 
des zweiten Reaktors (32; 60; 75) zur Kolonne an einen Punkt unterhalb des Beschickungsbodens der Reaktanten 
ruckgefuhrt wird, 

20 

12. Verfahren nach einem der vorstehenden Anspruche, wobei der von der Kolonne (95) abgezogene Seitenstrom 
durch Thermosiphonwirkung uber den Reaktor (99) zuruckzur Destillationskolonne gefuhrt wird. 

13. Verfahren nach Anspruch 1, wobei zumindest ein Teil des Reaktantenausgangsmaterials direkt mindestens einem 
25 Seitenreaktor (45) zugefuhrt wird. 

14. Verfahren nach Anspruch 13, wobei ein wesentlicher Teil des ReaktantenausgangsmateriaJs einem derartigen 
Seitenreaktor (45) zugefuhrt wird, der wahrend des Startens des Systems Oder des Andems der Produktklasse 
vollig von dem Empfang eines Seitenstromes von der Destillationskolonne (41) ausgeschlossen ist. 

30 

15. Verfahren nach Anspruch 1 t wobei mindestens einer der Reaktoren (31, 32; 45, 46; 59, 60; 74, 75; 88; 99) unter 
Temperatur- und/oder Druckverhaltnissen betrieben wird, die sich von denen in der Destillationskolonne (27; 41; 
55; 70; 84; 95) unterscheiden. 

35 16. Verfahren nach Anspruch 15, wobei der Druck mindestens eines Reaktors (31 , 32; 45, 46; 59, 60; 74, 75; 88; 99) 
bei 10 bis 100 bar gehatten wird, wahrend der Druck der Destitlationskofonne (27; 41 ; 55; 70; 84, 95) bei 1 bis 10 
bar gehalten wird. 

17. Verfahren nach Anspruch 1, basierendauf dem Einsatz mindestens zweier Seiten reaktoren, wobei mindestens 
40 ein Teil der im Abzugsstrom eines Seitenreaktors (60) enthaltenen Warme in den Beschickungsstrom des anderen 

Seitenreaktors (59) ubertragen wird. 

18. Verfahren nach Anspruch 1 , wobei das oligomerhaltige Produkt von der Destillationskolonne/dem Reaktorsystem 
(9, 12) von einem Boden (17) unterhalb des Beschickungsbodens (10) abgezogen wird, wobei der Abzugsboden 

45 so gewahlt wird, daR eine gewunschte Produktzusammensetzung erhalten wird. 

19. Verfahren nach einem der vorstehenden Anspruche, wobei dasaus der Oligomerisationsreaktion erhaltene Pro- 
dukt zwecks Umwandlung in ein noch schwereres Produkt zu einem Nachreaktor (111) gefuhrt wird. 

so 20. Verfahren nach Anspruch 1 , wobei die Destillationskolonne (70) mindestens eine Katalysatorschicht (73) enthalt. 

21. Verfahren nach Anspruch 1, umfassend den Einsatz eines katalytischen Destillationssystems einschliefilich min- 
destens zweier Katalysatorschichten (30; 44; 58; 69; 73), wobei mindestens eine der Katalysatorschichten einen 
Katalysator anderen Typs enthalt als die anderen Schichten. 

55 

22. Verfahren nach einem der vorstehenden Anspruche, wobei der Seitenreaktor einen Fliefireaktor umfaGt, in wel- 
chem die Reaktanten und die Reaktionsprodukte in dieselbe Richtung flieGen. 
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23. Verfahren nach einem der vorstehenden Anspruche, wobei samtliche Reaktionsprodukte von einem Punkt aus 
vom Seitenreaktor abgezogen werden. 



5 Revendications 

1 . Procede pour I'oligomerisation d'olefines, procede selon lequel les defines en a C 20 contenues dans un produit 
de depart sont soumises a une reaction d'oligomerisation en presence d'un catalyseur de facon a donner un produit 
contenant des oligomeres, caracterise en ce que 

10 

la reaction d'oligomerisation est effectuee dans un systeme de distillation catalytique comprenant une colonne 
de distillation (27, 41 , 55, 70, 84, 95) pour lefractionnementdes produits, et reli6e a elle, au moins un reacteur 
lateral (31, 32, 45, 46, 59, 60, 74, 75, 88, 99) dans lequel est placee la partie essentielle du catalyseur du 
systeme de distillation catalytique, ledit catalyseur comprenant un catalyseursolided'oligomerisationqui forme 
is une couche catalytique (30, 44, 58, 69, 73, 87, 98), 

au moins 20%du flux liquide interne de la colonne de distillation est passe a travers ladite couche de catalyseur 
(30, 44, 58, 69, 73, 87, 98) et 

la portion de flux liquide interne de la colonne passee a travers ladite couche de catalyseur est renvoyee en 
recyclage vers la colonne de distillation (27, 41 , 55, 70, 84, 95). 

20 

2. Procede selon la revendication 1, dans lequel i! y a 1 a 20, de preference environ 2 a 10 reacteurs lateraux (31 , 
32, 45, 46, 59, 60, 74, 75, 88, 99). 

3. Precede selon la revendication 1, dans lequel 40 a 90 % du flux liquide interne de la colonne (27, 41 , 55, 70, 84, 
25 95) est passe a travers ladite couche de catalyseur (30, 44, 58, 69, 73, 87, 98). 

4. Procede selon la revendication 1 , dans lequel le catalyseur utilise est du type ZSM-5. 

5. Precede selon la revendication 4, dans lequel la reaction d'oligomerisation est effectuee a une temperature com- 
30 prise entre 1 50°C et 350°C. 

6. Procede selon la revendication 1 , dans lequel la portion recyclee du flux liquide interne est retournee dans la 
colonne de distillation (27, 41 , 55, 70, 84, 95) en un point avantageux pour I'etape de distillation. 

35 7. Procede selon la revendication 6, dans lequel, apres etre passe a travers la couche de catalyseur, ledit flux liquide 
est retoume en recyclage dans ladite colonne sur un plateau de retour au dessous du plateau de soutirage dudit 
flux liquide, grace a quoi I'emplacement dudit plateau de retour est choisi de facon a obtenir le f ractionnement des 
composants contenus dans le flux recycle. 

40 8. Procede selon la revendication 6, dans lequel le flux liquide soutire a partir d'un point de soutirage (37, 66, 80) au 
dessus du plateau d'alimentation de la colonne (28, 56, 71 ) est passe dans un reacteur lateral (31 ,59, 74) et apres 
etre passe a travers la couche de catalyseur, il est retourn6 en recyclage dans la colonne en un point situe au 
dessus dudit plateau d'alimentation tout en etant au dessous dudit point de soutirage (38, 67, 81) dudit flux liquide. 

45 9. Precede selon la revendication 6, dans lequel le flux liquide soutire a partir d'un point de soutirage (39, 68, 82) au 
dessous du plateau d'alimentation (28, 56, 71) de la colonne est passe dans un reacteur lateral (32, 60, 75) et 
apres avoir traverse la couche de catalyseur, il est retourne en recyclage dans la colonne en un point situe au 
dessous du point de soutirage (40, 69, 86) dudit flux liquide. 

so 10. Precede selon la revendication 1 , base sur I'utilisation d'au moins deux reacteurs lateraux dans lequel le courant 
lateral vers le premier reacteur (31, 59, 74) est soutire depuis un point situe au dessus du plateau d'alimentation 
des reactants tandis que le courant lateral vers un second reacteur (32, 60, 75) est soutire depuis un point situe 
au dessous du plateau d'alimentation des reactants. 

ss 11. Procede selon la revendication 10, dans lequel le courant de produits dudit premier reacteur (31, 59, 74) est 
renvoye en recyclage dans la colonne en un point situe au dessus du plateau d'alimentation (28, 56, 71) des 
reactants tandis que le courant de produits dudit second reacteur (32, 60, 75) est renvoye en recyclage dans la 
colonne en un point situe au dessous dudit plateau d'alimentation des reactants. 



16 



EP 0 673 352 B1 



12. Precede selon Tune quelconque des revendications precedentes, dans lequei le courant lateral soutire depuis 
ladite colonne (95) est recycle par effet de thermostphon via I edit reacteur (99) en retour vers ladite colonne de 
distillation. 

5 13. Precede selon la revendication 1, dans lequei au morns une portion de ('alimentation en reactants est introduite 
directement dans au moins un reacteur lateral (45). 

14. Procede selon la revendication 1 3, dans lequei une portion substantiellede I'alimentation en reactants est introduite 
dans un tel reacteur lateral (45) qui, au cours du demarrage du systeme ou au cours du changement de qualite 

10 de produit est complement coup6 de la reception d'un courant lateral provenant de la colonne de distillation (41 ). 

15. Proc6d6 selon fa revendication 1, dans lequei au moins un des reacteurs (31, 32, 45, 46, 59, 60, 74, 75, 88, 99) 
est conduit dans des conditions de temperature et/ou de pression djfferentes de celles de la colonne de distillation 
(27, 41 , 55, 70, 84, 95). 

15 

16. Precede selon la revendication 15, dans lequei la pression d'au moins un desdits reacteurs (31, 32, 45, 46, 59, 
60, 74, 75, 88, 99) est maintenue entre 10 et 100 bars tandis que la pression de ladite colonne de distillation (27, 
41, 55, 70, 84, 95) est maintenue entre 1 et 10 bars. 

20 17. Proced6 selon la revendication 1, base sur I'utilisation d'au moins deux reacteurs lateraux, dans lequei au moins 
une portion de la chaleur contenue dans le flux de sortie d'un des reacteurs lateraux (60) est transferee vers le 
flux d'alimentation de I'autre reacteur lateral (59). 

18. Procede selon la revendication 1 , dans lequei le produit contenant les oligomeres est soutire depuis le systeme 
25 colonne de distillation/reacteur (9,12) a partir d'un plateau (17) situe au dessous du plateau d'alimentation (10), 

ledit plateau de soutirage etant choisi de facon a donner une composition de produit souhartee. 

19. Proced6 selon Tune quelconque des revendications precedentes, dans lequei le produit obtenu a partir de la reac- 
tion d'oligomerisation est passe dans un post-reacteur (111) afin d'obtenir la conversion en un produit encore plus 

30 lourd. 



20. Proced6 selon la revendication 1, dans lequei la colonne de distillation (70) comprend au moins une couche de 
catalyseur (73). 

35 21. Precede selon la revendication 1, comprenant ^utilisation d'un systeme de distillation catalytique qui inclut au 
moins deux couches de catalyseur (30, 44, 58, 69, 73) parmi lesquelles au moins une desdites couches de cata- 
lyseur contient un type de catalyseur different de celui des autres couches. 



22. Procede selon Tune quelconque des revendications precedentes, dans lequei le reacteur lateral comprend un 
40 reacteur a flux dans lequei les reactants et le flux des produits reactionnels coulent dans la meme direction. 

23. Procede selon Tune quelconque des revendications precedentes, dans lequei tous les produits de la reaction sont 
soutires du reacteur lateral a partir d'un point. 



50 
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Fig.1 
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Fig. 2 
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Fig. 5 
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Fig. 7 
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